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The effect of catalyst structure on CO, reforming of methane
has been studied in the temperature range 550-850°C with oxide-
supported Rh and Ir catalysts under conditions of reaction rate
control. Itis found that the rate of reaction expressed per unit metal
surface area is constant over a wide dispersion range. There is no
detectable effect of the pore structure or nature of the support on
the reaction rate. By variation of feed composition through addition
of steam or oxygen the H,/CO ratio in the product could be varied.
(© 1996 Academic Press, Inc.

INTRODUCTION

In recent years the utilization of the “greenhouse” gases
carbon dioxide and methane has received increasing atten-
tion (1-3). The catalytic reforming of methane with CO,,
the so-called CO, reforming (1), is a particularly elegant
way to combine CH,4 and CO, utilization (4-6). Our in-
terest in this reaction was generated by the possible use
of waste gases, e.g., biogas (agriculture, waste water treat-
ment facilities) and flue gas (power plants), as sources for
methane and CO.,.

CH;+CO; = 2CO+2H;  AHf =247kImol™ [1]
The reaction product (“syngas”) is a valuable feedstock for
the production of higher hydrocarbons (Fischer-Tropsch
synthesis) or methanol and for carbonylation processes (3).
CO;reforming of CH isalso used as achemical energy stor-
age and energy transmission system (CETS) (7, 8). Solar
energy is used to drive the endothermic forward reaction,
and the energy thus stored can be transported via pipelines
as syngas and liberated at will by the reverse reaction at any
location or time.

The main reaction is accompanied by several secondary
processes (Egs. [2]-[5]), of which the reverse water—gas shift
reaction appears to be the most important because of its de-
pendence on the product hydrogen of reaction [1] (4, 9, 10).

CO;+H; = CO + H,O

reverse water—gas shift reaction [2]
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CO; +4H; = CHy +2H,O methanation [3]
2CO=C+CO,
CHs;=C+2H;

Boudouard reaction  [4]
CHj, cracking [5]

Depending on the reaction conditions and on the com-
position of the gas mixture, carbon build-up due to
the Boudouard reaction and methane cracking becomes
thermodynamically favorable (9) and must be avoided by
kinetic control (i.e., by the use of catalysts which do not
catalyze coking reactions) to ensure that reforming is free
of coking (10). Erdoéhelyi et al. noted that reproducible
results were obtained only at stoichiometric composition or
with excess of carbon dioxide (5). Bodrov and Apel’baum
noted already in 1966 that carbon lay-down is the domi-
nating reaction under conditions of methane excess in the
feed and they recommended a CO,/CH, ratio > 1 for the
investigation of the reforming reaction (11). The facile
decomposition of methane at reforming temperatures is
well-known. Solymosi et al. noted the formation of three
different carbon species, depending on temperatures and
various noble metals (12). This was confirmed by Zhang
and Verykios on Ni/alumina catalysts (13). While at 500°C
coking from methane is very low, a drastic increase is ob-
served at 650°C (4). Swaan et al. (14) attribute the origin
of CO formation to the Bouduard reaction [4]; they also
showed by *3C labeling that the reactive surface carbon
in CO, reforming originates from CH,, while the less re-
active carbon accumulation follows the catalyst deactiva-
tion rate. In contrast to Swaan et al., based on another °C
labeling experiment, Tsipouriari et al. claim that carbon
species accumulated during the reforming reaction origi-
nate from CO, (15). However, considering the above re-
action network these studies lack the necessary control
experiments to provide better evidence for such contro-
versial findings. Coking-free reforming of methane under
conditions of methane excess in the feed is reported to oc-
cur with specially prepared Rh and Ir catalysts only (6).
However, methane conversion in these experiments is kept
below the CO; content in the feed, presumably since stoi-
chiometry would enforce coking at higher methane conver-
sions. Excess of CO; in the feed is known to result in an in-
crease of CO formation and high methane conversions (6).



CO; REFORMING OF METHANE

Conditions of CO, excess in the feed are being utilized in
the commercial Calcor process for the production of clean
CO (16).

Little is known about the catalyst structure activity
relationship and the surface structure sensitivity of the
reforming reaction, parameters which are important for
catalyst optimization. Nakamuraetal. (17) observed widely
different turnover frequencies Rh which decreased in the
order Rh/TiO; > Rh/Al,O3 > Rh/SiO,, although too few
data render the importance of this study hard to judge.
Tsipouriari et al. report a significant dependence of the re-
forming reaction on Rh crystallite size and support with
the following decreasing activity YSZ > Al,O3> TiO;, >
SiO; > MgO (15). Erdohelyi et al. (18) did not find sig-
nificantly different turnover frequencies on Rh catalysts
based on Al,O3, TiO,, SiO,, or MgO. They have stated that,
in sharp contrast to CO and CO; hydrogenation and the
NO + CO reaction, the methane reforming reaction at high
temperatures on supported Rh catalysts depends hardly at
all on the nature of the support (18), while with Pd-based
catalysts the observed activity decreases in the following
order: TiO; > Al;,0O3 > SiO; > MgO (5).

Thermodynamic equilibrium calculations (10) on the
temperature dependence of the composition of a 1: 1 start-
ing mixture of CH, and CO; show that a conversion of 50%
and awater content maximum of about 10% are obtained at
around 600°C. Due to the above side reactions, the H,/CO
ratio in the temperature range 400-800°C is always signifi-
cantly below 1. A CH,4 equilibrium conversion of >90% re-
quires reaction temperatures above 750°C; here the H,/CO
product ratio is already 0.9. The desired H,/CO ratio of
1 is only reached at temperatures above 1000°C. In these
calculations carbon deposition was explicitly excluded.

The reaction mechanism of CO; reforming is still in
doubt. Erdohelyi et al. (5) and Rostrup-Nielsen and Bak-
Hansen (4) propose a mechanism based on the dissociative
adsorption of CH4 and CO, followed by the rate determin-
ing surface reaction of the adsorbed dissociation products.
CHdissociation is assumed to form partly dehydrogenated
CHy species and surface C species, while CO, dissociates to
CO and O.

CHs+z— CHy-z+ (4—x)/2H; - C-z+2H, [6]

CO;+2z— CO-z+0O-z [7]
O-z+C-z— CO-z [8]
CO-z—->CO+z [9]

Z indicates a surface site. The CO, dissociation is be-
lieved to be enhanced by codissociation of CH, to CHy-z
species.

We have shown that the mechanism of the reaction be-
tween CH, and CO; on Rh/AI,O3 catalysts under normal
pressure at 700°C is more adequately described by a step-
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wise process (19). In a slow rate-determining first step, ac-
tive carbon and free hydrogen are generated by the disso-
ciative adsorption of CH4 on active metal sites. In the faster
second step, the active carbon reacts with CO, to form two
equivalents of CO.

CH4 4+ 2z — Cyys + 2 Hy  rate determining step [10]

Cads + COy; — 2CO  fast [11]
This reaction mechanism was also confirmed on Ru and
Ir/Al,O3 catalysts (20).

Besides high initial activity, the long term stability under
the drastic reaction conditions required for high CH, con-
versions has to be considered. For technical applications
the conditions and limits for variation of the H,/CO prod-
uct ratio are of fundamental importance. Thermodynamic
equilibrium calculations show that partial replacement of
CO; by H,O or O; results in an increase in the H,/CO
ratio of the equilibrium gas mixture. The close relation-
ship between the CO, reforming reaction and the steam
reforming of methane has already been documented (4, 7).
Hence the reaction behavior of methane with mixtures of
CO,, H,0O, and O, under reforming conditions may allow
excellent control over syngas composition.

A detailed kinetic study was conducted in conjunction
with the present work (21). The study covered the wide
temperature range 500-850°C. Kinetic modeling of the CO,
reformingofal:1 (CH4/CO;) mixture onan Ir/Al,O3 cata-
lystwas carried out by numerical integration of selected rate
equations and direct fitting to the experimental data over
the whole temperature range. It was found that the exper-
imental data could be reproduced by several kinetic mod-
els, but the best fit and the only one to provide meaningful
parameters over the whole temperature range studied was
obtained with the following rate equation, derived from the
proposed stepwise mechanism:

kRef(pCH4 — (P, Peo/Kret pCOz))
1+ (péo/Kr.c-zPco,)

IRef = [12]

This kinetic study also confirms that under the reaction con-
ditions reported below, the chemical reaction is rate deter-
mining and is not affected by transport phenomena.

EXPERIMENTAL

Catalysts

All catalysts were prepared by conventional wet impreg-
nation techniques. Besides commercially available Al,O3
and TiO,, various catalyst supports were prepared via the
sol-gel process (22). The preparation of sol-gel Al,Os,
SiO,, and ZrO, has been described in detail (23). Binary ox-
ides containing SiO, as the main component were prepared
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by mixing the appropriate amounts of Si(OC;Hs), with
ZF(H-OC3H7)4, Ti(i-OC3H7)4, or AI(sec-OC4H9)3, diIuting
with ethanol (99%) and introducing HCI (8 M) to catalyze
the gelling process. Prior to impregnation all support mate-
rials were first dried at room temperature, heated to 65°C
for 5 h, and finally heated to 250°C for 4 h with a heating
rate of 0.2° min~*. The metal precursors (RhCls-3 H,0,
IrClz - 3H,0, RuCls, Pd(NO3), and H,PtClg) were dissolved
in about 10 ml of aqueous HCI (0.8 M). About 2 g of the
freshly calcined support was added to the solution and this
slurry was stirred for 24 h at room temperature and then
dried at 393 K for 24 h. All catalyst particles were milled
and sieved; the sieve fraction 50-200 «m was used for the
activity study. Light microscopy investigation of this sieve
fraction showed all particles > 50 pum.

In some cases a different approach was used: the precious
metal precursor was added during the gelling process to fix
the precursor compound in the sol-gel matrix.

Characterization of the Catalysts

The support surface area (BET) and pore structure
(Dollimore-Heal) were determined from the N, adsorp-
tion isotherms at 77 K. For purely microporous mate-
rials the surface area was calculated by the method of
Dubinin and the pore size distribution by the procedure
of Horvath-Kawazoe. Metal dispersions were measured
by the CO pulse chemisorption method at room temper-
ature. An adsorption stoichiometry of CO: Ms=1 was as-
sumed, although CO adsorption on precious metals occurs
in linear and bridged form and therefore the assumed ad-
sorption stoichiometry is only an approximation. The same
applies to the assumed adsorption stoichiometry of 1/2
0O,:Me =1 (see below), since oxygen adsorption may lead
to partial bulk oxidation of metal crystallites. All catalysts
were prereduced at 600°C for 2 h in flowing hydrogen be-
fore chemisorption measurements. The metal dispersion of
catalysts based on supports containing Zr or Ti could not
be determined by CO chemisorption due to a nearly total
suppression of CO adsorption after prereduction at 600°C.
After reduction at 300°C a significant CO uptake could be
detected. A likely explanation for the suppressed CO ad-
sorption after reduction at high temperature is the SMSI ef-
fect (24) (SMSI: Strong-Metal-Support-Interaction). Oxy-
gen pulse chemisorption is recommended for supported
noble metal catalysts with SMSI behavior (24-26). An ad-
sorption stoichiometry of 1/2 O,:Ms=1 was used to de-
termine the dispersion of these catalysts (24, 25). A sig-
nificant amount of O, adsorption on the pure carrier was
detected. O, adsorption on prereduced titania and zirconia
is well-known. We found that the amount adsorbed after
standard prereduction procedure is well-reproducible. To
determine the amount of O, chemisorbed on the precious
metal the O, amount adsorbed on the pure carrier was sub-
tracted from the total O, amount adsorbed on the exam-
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ined catalyst. Cross checks on the dispersion gave identical
values within the experimental error (1% Rh/Al,O3; sam-
ple: Dco=22+2, Do, =25+ 4). TEM micrographs on the
1% Rh/ZrO, SiO; (Do, =25% corresponding to crystal-
lites of about 4-5 nm) showed Rh crystallites in the range
2—7 nm and on the 0.5% Rh/AIl,Oj3 catalyst (Dco =33%
~ 3-4 nm) crystallites in the size range 3-10 nm were de-
tected. No statistical distribution of particle sizes from the
TEM micrographs was obtained, since the error of this
method is large for small crystallites, which are hard to rec-
ognize because of poor contrast. The described procedures
for chemisorption have been selected after careful check-
ing for reproducibility and reliability. Although the abso-
lute numbers of the reported dispersions may be in error,
the error will be a systematic one, not affecting the relative
changes of accessible metal surface area.

Activity Tests

Activity tests were carried out in a conventional flow sys-
tem at atmospheric pressure with a tubular fixed bet quartz
reactor (inner diameter 8 mm). A thermocouple was placed
in the catalyst bed to monitor the reaction temperature. The
reaction gases were of the commercial purity H, (quality
5.0), O, (4.0), CH4 (3.5), and CO, (3.5) and were dosed via
mass flow controllers. An additional syringe pump was used
for water addition. The products were analyzed by on-line
gas chromatography (packed column Haye Sep A 17/, car-
rier gas Ar, WLD 120°C, temperature program: 3 min at
35°C, heating rate 30°C/min to 80°C). Catalyst loadings of
30 mgwere diluted with 120 mg a-Al,Ozand held in position
in the reactor by quartz wool. The following experimental
conditions were used for a typical run: The catalyst was re-
duced in situ at 600°C for 2 h in flowing hydrogen (20 ml
min~1). The gas flow was switched to a 1: 1 (CH4/CO5) gas
mixture (35 ml min~1). The reaction was monitored for 2—
3 h at high temperature (ca. 850°C) until steady state con-
ditions were reached. GC samples were taken while con-
secutively lowering the reaction temperature until no more
CH4 conversion could be detected. CH,4 conversions were
precise within an error of £2% (absolute error). Conse-
quently, low CH, conversions contain high experimental
errors. Turnover frequencies (TOF, rates per unit surface
area) were always determined under differential conditions
(i.e., CH4 conversions lower than 15%), since they should
represent rates. The TOFs were calculated according to

dX

[Xi <10-20%] X
d(nMe,s/hk.o)

TOF; = — =
I (nMe,s/nk,o)

[13]

where TOF; is the turnover frequency of component i [mol;
mol,\*,lle’s h=] and Ny, s is the number of active surface sites

[mol g71].
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RESULTS AND DISCUSSION

The study of catalyst structure activity relationships for
the purpose of catalyst improvements requires that the re-
action is first order in catalyst (no transport limitation, no
gas phase reaction), that the catalyzed chemical reaction is
rate determining, and that the same reaction step remains
rate determining over the temperature range studied. A
major concern in the investigation of heterogeneously cat-
alyzed gas phase reactions is that of transport phenom-
ena, which usually tend to become rate determining at
higher temperatures. As the reforming reaction proceeds
at high temperatures, reaction conditions have been care-
fully chosen to exclude such effects. Appropriate control
experiments have been conducted, which showed that dif-
fusional limitations can be excluded under our reaction
conditions.

Choice of Feed Composition and Exclusion
of Transport Limitations

The observation of uncontrollable coking of the catalysts
under conditions of methane excess in the feed have initi-
ated our mechanistic study (19). With increasing CO; in the
feed, a decreasing H,/CO ratio in the product (see Fig. 1)
is indicative of a decreasing contribution of the reforming
reaction [1] and an increasing contribution of the reverse
water—gas shift (RWGS) reaction [2] to the overall process.

In all experiments where the reforming reaction itself
was of primary interest, a stoichiometric feed composition
of CH,4: CO, =1 was therefore applied.

Variation of the feed flow from 0.08 t0 0.03 mol CH/h ata
constant modified residence time o4 (variation of catalyst
mass) on the 5% Rh/alumina and 1% Ir/alumina showed no
effect on methane conversion excluding diffusional limita-
tions (see Fig. 2). Only at flow rates significantly smaller
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™~ standard conditions

0.06 0.08 0.1
methane feed flow [mol-h)

FIG. 1. Mass transport investigation. Dependence of methane con-
version on feed at constant modified residence time, feed composition
CH4CO,=1.
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FIG. 2. Effect of CO; increase in the feed on product composition
and CH, conversion at 750°C on 1% Rh/y-Al,O3 at constant feed flow.

than 0.03 mol/h can the onset of diffusional limitation be
recognized. Table 1 shows that there is no effect of catalyst
particle size on the methane conversion at 800°C, excluding
pore diffusion limitation under these reaction conditions.
These control experiments (27) confirmed the absence of
transport and pore diffusion limitations under the condi-
tions and catalysts reported here.

This surprising lack of transport limitations at such high
reaction temperatures is attributed to the highly diluted
catalyst bed, the small particle size of the catalyst, and the
catalyst preparation, which consisted of direct impregna-
tion of the small support particles.

Choice of Active Metal

To determine the catalytically most active metals, exper-
iments with Rh, Ru, Ir, Pd, and Pt catalysts (metal content
0.5 wt%) supported on a commercially available y-Al,O3
(Condea Pural 200) have been performed. Table 2 lists the
results of the activity tests.

While Rh, Ir, and Ru catalysts showed stable long-term
activity, Pd and Pt catalysts deactivated rapidly. The ob-
served activity sequence of Rh > Ru > Ir > Pd, Pt confirms
earlier observations (4). On the Pd catalyst distinct coke

TABLE 1

Dependence of CHs-Conversion on Catalyst Particle Sizes under
Standard Reaction Conditions at 800°C (Diluted Catalyst Bed)

Particle size  CH4 conversion Xcy,

Catalyst (um) (%)
1r(1%)/y-Al,03 <20 37
20-50 40

50-200 38

>200 41

Rh(1%)/ZrO; (5 mol%)/SiO, <20 66
20-50 71

50-200 68

>200 67
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TABLE 2

Comparison of Turnover Frequencies (Activities) of the Metal
(0.5 wt%)/Al,03-Catalysts for CO, Reforming of CH,4 under Stan-
dard Reaction Conditions

Metal Precursor Dispersion (%) TOF (s71)?
Rh RhCl3-3H,0 33+5 40+1.1
Ru RuCls 35+3 2.0+0.6
Ir IrCl3-3H,0 22+4 20+13
Pd Pd (NO3), 15 <0.1
Pt H,PtClg 15 <0.1

@ Turnover frequency (rate per unit metal surface area), measured at
700°C.

formation was observed. No other catalysts exhibited cok-
ing. This was confirmed by subsequent temperature pro-
grammed oxidation experiments (in flowing O, heating
rate 20° min~t) with the used catalysts: no CO, evolution
could be detected on the Rh, Ru, Ir, and Pt catalysts.

Structure-Sensitivity Study

A potentially important parameter for catalyst design is
the sensitivity of the reaction of interest to the surface struc-
ture, i.e., the crystal face of the active sites (28). Because of
the change in surface composition for edge, kink, and ter-
race atoms with particle size, reactions which proceed with
different rates (per unit metal surface area) over differently
dispersed catalysts are termed structure sensitive; the rates
of structure insensitive reactions are independent of the co-
ordination at the active sites and proportional only to the
total number of active sites present (29). Metal-catalyzed
reactions with rates (expressed per unit surface area) sen-
sitive to the metal particle size or metal dispersion are thus
structure sensitive (30). To examine the influence of the
metal dispersion on the catalyst activity, differently dis-
persed Rh and Ir catalysts supported on commercial y-
Al,O3 (Condea Pural 200) were prepared.

Two approaches were used to vary the metal dispersion.
In one approach catalysts were prepared with different total
metal loadings in the range from 0.5 to 5 wt%. With increas-
ing metal content a decrease in metal dispersion is generally
expected and was experimentally observed (exception: Ir
catalyst with 0.5 and 1%, see Table 3). As previously re-
ported for Pt (29) a convenient and reliable way to vary the
metal dispersion was found to be the application of a tai-
lored oxidation-reduction pretreatment to Rh and Ir cata-
lysts of the same metal loading (metal content of 0.5 wt%b),
which reproducibly leads to catalysts with widely differing
metal dispersions depending on the oxidation temperature.
The supportimpregnated with the Rh or Ir salt was oxidized
at temperatures varying between 300 and 800°C (30 min,
flowing oxygen, 30 ml min~?!) leading to Rh or Ir oxide ag-
gregates on the support surface. In a consecutive step the
metal oxide is reduced at 600°C in flowing hydrogen. Preox-
idation at 700°C produced the maximum dispersion for the
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Rh catalysts, whilst the maximum dispersion for Ir catalysts
was reached by a milder oxidation pretreatment at 500°C
(see Table 3). The observed enhancement of metal disper-
sion by a selected oxidation-reduction procedure s referred
to in the literature as the redispersion effect (24). With the
two approaches applied, Rh dispersions could be varied re-
producibly in the range of 14 to 62% and Ir dispersions in
the range of 8 to 49%.

Activity tests were performed with all catalysts. Re-
sults are listed in Table 3. All catalysts performed without
observable deactivation. There was a strong correlation of
the CH, conversion value with the accessible metal surface
area, as shown in Fig. 3. An increase in metal surface area
(i.e., in the number of active sites) leads to an increase in
CH, conversion.

In Table 3 the high temperature activities of various cata-
lysts are compared by the integral conversion of CH, at
750°C under steady state conditions. Since the equilibrium
conversion at this temperature is 0.85, all data are still far
from equilibrium and thus meaningful. From our kinetic
study by comparison of the theoretical equilibrium constant
Kuwgs With the determined one, we know that at 600°C the
water—gas shift reaction is about 50% and at 850°C about
10% away from equilibrium.

Due to the wide spread of conversions, a higher activity of
the Rh catalysts relative to the Ir catalystsis the only reliable
conclusion. To compare relative reaction rates, turnover
frequencies determined under differential conditions

TABLE 3

Activities of Differently Dispersed Rh and Ir/Al;O3 Catalysts for
CO; Reforming of Methane under Standard Reaction Conditions

Metal
Metal surface
content  Tox area Xcn,®  TOF (CHg)®
Metal (wWt%) (°C) D (%) (m?glcat) (%) ()

Rh 0.5 — 33+5 0.75 36 1.2+0.7
300 38+3 0.85 34 0.8+0.5
600 32+4 0.73 31 1.2+0.6
700 62+7 1.39 42 1.0+04
800 24 0.53 27 1.1+£0.8
1 — 22+2 0.98 39 1.1+05
2 — 1842 1.60 44 14+04
5 — 14+1 3.14 49 1.0+£0.2
Ir 0.5 — 22+4 0.26 11 22+18
300 44 0.53 17 26+0.9
500 49+6 0.59 18 2.14+0.8
600 8 0.10 5 1.94+4.0

1 800 ~0 ~0 0 0
1 — 45+5 1.07 25 1.9+05
2 — 23+4 1.10 23 1.7+£05
5 — 15+1 1.77 30 18+04

# CH,4 conversion measured at 750°C (Xch,—eq = 85%).
b TOF measured at 600°C (Rh) (XcHg—eq =41%) and 700°C (Ir)
(XcHy—eq = 73%), respectively.
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FIG.3. Dependence of CH, conversion X(CH,4) on the accessible

metal surface area for various Rh and Ir/Al,O; catalysts (reaction tem-
perature 750°C).

(obtained at 600°C for Rh and 700°C for Ir) are shown
in the last column. The reaction rates per unit surface area
(TOF) show no trend and it must be concluded that the
reaction is independent of the metal dispersion in the mar-
gin of experimental error. The results show that the CO,
reforming of CH, can be classified as structure insensitive,
indicating that the rate determining step of the reaction
mechanism is independent of the particle size and thus of
the surface structure of the active metal. Our earlier stud-
ies concerning the reaction mechanism (19) showed that
the slow (rate determining) step is the generation of active
carbon by the dissociation of methane on active sites. In
view of our results presented here, this reaction step should
be termed structure insensitive. This is in contrast to stud-
ies on single crystal surfaces, where methane activation has
been found to be structure sensitive. However, at the high
temperature of the reaction conditions in CO; reforming,
surface reconstruction of the noble metal particles (a com-
mon and well-known effect at much lower temperatures
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in single crystal studies) may be so fast that the effect of
certain surface structures would be cancelled.

A highly dispersed Rh catalyst with a low precious metal
content should therefore be an economically effective cata-
lyst combining high activity at relatively low cost. This is
illustrated in Fig. 3: nearly identical CH4 conversions are
obtained with a highly dispersed Rh(0.5%) and a poorly
dispersed Rh(5%) catalyst.

Influence of the Support on Catalyst Activity

To examine the influence of the support on the activity,
various Rh(190) catalysts were prepared. Besides commer-
cial Al,O3 and TiO, supports, highly porous SiO,, Al;Os3,
ZrO and binary mixed oxides were prepared by the sol-gel
method. The binary gels contain SiO; as a main component
and 5 mol% of the oxide of a second metal (Al, Ti, and
Zr). The sol-gel supports typically have higher surface ar-
eas and smaller pore diameters (mostly in the micropore
range) than the commercial supports. Table 4 lists the phys-
ical properties of all the supports.

The activities of the Rh (1 wt%o) catalysts based on these
supports were determined under standard reaction condi-
tions. All catalysts showed stable activity over the usual
reaction time of 6-8 h. Table 5 lists the results of the exper-
iments.

Figure 4, showing the dependence of CH,4 conversion on
the accessible metal surface area on the various supports,
illustrates a surprising independence of the conversion on
the nature of the support. CH,4 conversion increases with
increasing metal surface area, while the rate per unit sur-
face area (TOF) calculated for the various catalysts remains
constant within (considerable) experimental error. On the
other hand, no correlation of catalyst activity with any phys-
ical properties of the supports could be detected. The ac-
tivity depends only on the size of the accessible metal sur-
face area. The influence of the support on the reaction is

TABLE 4

Physical Properties of the Supports

Preparation

Specific surface

Support or source Modification? area (m?g™1) Pore structure
a-Al,O3 calcined y-Al,O3 a-Al,O3 ~10 nonporous
y-Al,O3 Condea Pural 200 y-Al,O3 78 mesopores 40-70 nm
y-Al,O3 Alfa Products y-Al,03 150 mesopores ~40 nm
y-Al,03 sol-gel ex-boehmite 190 meso- and micropores
ZrO; sol-gel amorphous 240 micropores <1 nm
SiO; sol-gel amorphous 840 micropores ~0.8 nm
Zr0,(5%)/SiO, sol-gel amorphous 610 micropores <1.5 nm
Al;03(5%)/SiO, sol-gel amorphous 510 meso- and micropores
TiO, Degussa rutile 41 mesopores
TiO2(5%)/SiO, sol-gel amorphous 515 micropores <1 nm

2 From X-ray powder diffraction analysis.
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TABLE 5

Activities of Rh(1 wt%) Catalysts Based on the Supports
Listed in Table 4

Metal surface area

D Srh xCHf TOF¢y,
Support (%) (m*g™) (%) 6™

a-Al,04 16 0.71 32 15409
y-Al,03 22 0.98 39 11+05
y-AlO, 28 1.24 53 11+ 04
y-Al,03 26 1.16 45 0.6+0.4
ZrO, 162 0.71 26 09+0.7
SiO; 8 0.36 16 12+1.2
Zr0,(5%)/Si0; 252 1.11 46 0.7+05
Al,O3(5%)/Si0; 5 0.22 14 20+3.0
TiO, 172 0.76 35 1.3+08
Ti0,(5%)/SiO, 112 0.49 29 12+1.0

2 Rh dispersion determined by O, chemisorption.
b CH, conversion measured at 750°C.
¢ TOF measured at 600°C.

therefore limited to affecting the metal dispersion during
the course of the catalyst preparation and stabilizing the
dispersion during catalyst use. These results underline the
structure insensitivity of the CO; reforming even with dif-
ferent catalyst supports.

Long-term activity studies were performed with the most
active catalysts (supports: ZrO2(5%)/SiO, and y-Al,O3
(Alfa Products)). No deactivation was observed after re-
action times of 48 h at 750°C. To study the thermal stability
further, both supports were heated to 700°C in air and their
physical structure (i.e., surface area and porosity) was mon-
itored with increasing calcination time: While the already
lower surface area of 150 m?/g of the commercial y-Al,O3

70
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60 a-ALO;
TiO,  ZrOy(S%)/Si0,

_ \ .
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5 ./'/
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< 1-ALO; (Sol-Gel)
1Y
301
8 ALO,(5%)/Si0, 1-AlO; (Condea Pural 200)
7
=
B 20 \\

Si0,

Zr0,

0 t + t t + t i
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metal surface area Sgy [m” g’}

FIG. 4. Dependence of CH4 conversion on the accessible metal-
surface of Rh(1%) catalysts on various supports.
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was stable, the sol-gel derived ZrO,(5%)/SiO, lost about
50% of its 610 m?/g of surface area during the first 24 h.
After this initial loss of surface area, both supports showed
stable BET surface areas and pore structures even after
more then 500 h at 700°C, confirming that both supports
have a high thermal durability.

To prepare highly dispersed catalysts the direct intro-
duction of the metal precursor compound during the sol-
gel process was investigated. Besides saving the additional
impregnation step, it was expected that the active metal
would be immobilized in the sol-gel matrix ensuring homo-
geneously distributed metal sites especially resistant to sin-
tering. Positive results were achieved by this catalyst prepa-
ration method for poison resistant hydrogenations of long
chain hydrocarbons on membrane catalysts (31). Here, this
preparation did not lead to improved catalyst performance.
For example, a Rh/Al,Oj3 catalyst prepared by this method
with a metal dispersion of 14% achieved a CH,4 conversion
of 26% (at 750°C) compared to a dispersion of 26% and
a CH, conversion of 46% for the conventionally prepared
(impregnated) catalyst. We believe that the noble metal,
when introduced directly into the glassy matrix via the sol—
gel process, becomes partly inaccessible to the methane,
while the hydrogen (see Ref. (25)) seems less affected due
to its small size and spillover properties. In general, all cata-
lysts prepared by direct introduction of the metal precursor
during gelation showed significantly lower metal disper-
sions (presumably due to partial enclosure of the active sites
by the sol-gel matrix) and consequently showed lower ac-
tivity than catalysts prepared via the impregnation method.

Variation of the H,/CO Ratio

By introducing H,O or O, to the CH4/CO, feed it
was possible to increase the H,/CO product ratio (0.7 <
H,/CO < 3), which confirmed thermodynamic calculations

3 —+ 80
25
160
e 27
: —
8 X
15 40 =
© »
-
120
0.5
H,/CO
0 + + + + + 0
0.1 0.1 03 0.5 0.7 0.9 1.1

feed composition H,0 / (H;0 + CO,)

FIG.5. Effect of steam addition to the feed on the product composi-
tion. Reaction temperature 750°C, 1% Rh/y-Al,Os, feed Nco, 0 +NH,0.0 =
hCH4<0 =const.).
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on the equilibrium compositions of CH4/CQO,/H,O or
CH4/CO,/O, feed mixtures. The increase in Hy/CO ratio
can be explained by the occurrence of additional CH, re-
forming reactions, namely steam reforming [14] and oxo
reforming [15].

CH; +H,O<=CO+3H;
CH;+1/20, =CO+2H;,

steam reforming [14]

oxo reforming [15]
Figures 5 and 6 show the H,/CO product ratio and the
CH,4 and CO;, conversion (X(CH4) and X(CO,)) of a
Rh(196)/Al,0O3 catalyst while consecutively replacing CO,
by H,O (Fig. 5) or O, (Fig. 6) at a reaction temperature
of 750°C. All data are obtained at conditions far away
from equilibrium. Even the fast WGS at this temperature
was still far from equilibrium (20). No deactivation due to
possible sintering or coking phenomena was observed ir-
respective of the H,O or O, content in the feed gas. An
increase in H,/CO ratio always results from a reduction of
CO; conversion, indicating that the reforming reactions of
CH,4 with H,O or O, are faster than the CH,4 reforming
with CO..

By increasing the CO,/CH, feed ratio the H,/CO ratio
can be lowered from 0.7 for a stoichiometric CO,/CHjy ratio
of 1:1toabout0.2 foraCO,/CHjyratio of 5: 1. Inagreement
with recent findings by Choudhary et al. (32), our results
show that the H,/CO ratios can be varied readily in a wide
range (0.2 < H,/CO < 3) and thus tailored to the technical
needs of a process.

CONCLUSIONS

CO; reforming of methane under conditions of stoichio-
metric feed composition proceeds very effectively on Rh,
Ru, and Ir catalysts. The activity of these catalysts can be
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8 1.5 - 1a0 &
2 H,/CO ®
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feed composition 0, /( 0, +CO,)

FIG. 6. Effect of oxygen addition to the feed on the product compo-
sition (reaction temperature 750°C. 1% Rh/y-Al,Og3, feed Nco,. 0+ No,.0 =
hCH4,0 =const.).
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correlated with the accessible metal surface area. Over a
wide range of catalysts and supports studied, the rate per
unit surface area (TOF) does not depend significantly on
dispersion, indicating that CO, reforming at high temper-
atures is structure insensitive. No direct influence of the
microstructure of the support on the reaction rates was de-
tected. The influence of the support seems limited to the
stabilization of the metal surface area, which in turn is re-
sponsible for catalyst activity. The present study, limited to
reaction controlled conditions, shows that for the prepara-
tion of a highly active catalyst it is sufficient to consider
one parameter, the accessible metal surface area. To op-
timize catalyst performance (high yield at low cost), the
metal dispersion has to be maximized and has to be sta-
ble. This can be achieved by selected oxidation reduction
pretreatments of the catalysts. Both y-Al,Oz and the binary
oxide ZrO,(5%)/SiO, are especially good catalyst supports:
Rh catalysts based on these supports not only showed high
activity but also promise to be thermally stable even af-
ter long reaction times. Product composition can be easily
controlled over a wide range of CO/H, ratios by partial
substitution of CO, by H,O or O, in the feed.
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